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Abstract—The simulated countercurrent moving bed chromatographic reactor (SCMCR) is a device for
carrying out chemical reaction and separation simultanecusly in a fixed bed. This is a novel reactor type in
which separation takes place at the site of chemical reaction to improve product purities and conversions
beyond those prescribed by thermodynamic equilibrivm. The simulated countercurrent system mimics the
behavior of 2 countercurrent moving bed by periodically changing feed and product locations sequentially
-along a fixed bed. The present investigations endeavor to determine to what extent the moving bed reactor
advantages of high product purity and favorable equilibrium shifts are retained in SCMCR operations. An
equiiibrium stage modet of the SCMCR consisting of a single fixed bed having a series of inlets and outlets
along its length is considered. The mass balance equations are discretized {o give an equilibrium plate
model. Predictions of the conceniration profiles in the column(s) are obtained for the 1,3,5-trimethylben-
zene hydrogenation reaction at 463 K. It is shown that reaction and separation can be achieved simul-
taneously and that the yield of the reversible reaction can be improved greatly. Under appropriate
operating conditions, the model calculations predict high-purity product sireams and nearly complete

conversion of a reaction which would otherwise be limited by equilibrium to 62%.

INTRODUCTION

In chromatographic reactors chemical reactions are
carried out in the presemce of a chromatographic
stationary phase which separates the reactants and
products from one another. The consequences of the
reactive separation are that a high-purity product can
be obtained, and an equilibrivm-limited reaction can
be forced toward completion. This allows one to carry
out endothermic reactions at lower temperatures than
normally would be employed due to the low equilib-
rium constant. A decrease in temperature will usually
suppress side reactions and improve product quality,
avoiding the need for further purification steps. Also,
exothermic reactions with unacceptably low reaction
rates at temperatures where the equilibrium yield is
large could be run at higher temperatures and not be
limited by low equilibrium conversions.

Reversible chemical reactions leading to the forma-
tion of more than one product can be favorably
carried out in a continuous rotating annular chro-
matographic reactor (Cho et al., 1980}, The separation
of the products inhibits the reverse step so that reac-
tions with small equilibriuin conversions can- be
driven to higher product yields. For reversible reac-
tions of the type A:+B this general principle cannot
be applied since there is only one product. However, if
the reaction is heterogeneous, advantage can be taken
of any difference in adsorption affinity of the reactant
and product toward the solid phase to enhance the
yield of the reaction (Cho et al., 1982). The separation
of the reactant and the product can be accomplished
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im a countercurrent moving bed or by simulating
countercurrent movement between the solid and fluid.
The reactant is fed into the fluid stream, and the
reaction takes place on the solid.

Although several investigations of the countercur-
rent moving bed chromatographic reactor have re-
cently appeared (Cho er al, 1982; Petroulas et al,
1985a, b; Fish et al., 1986, 1988; Fish and Carr, 1989),
there is very little reported work on the simulated
countercurrent moving bed chromatographic reactor
(SCMCR).

In order to preserve the advantages of countercur-
rent operation for the reversible reaction A=B while
avoiding the problems associated with movement of
solids, it is convenient to simulate countercurrent
motion. In the simulated moving bed the process
aspects of the countercurrent moving bed are
simulated by successively switching feed and product
take-off streams through a series of inlets located at
fixed intervals along a fixed bed. The fixed bed is
divided into a number of segments with provision for
adding feed to the stream passing fcom one segment to
the next or of withdrawing a stream emerging from
any segment. A shift of these positions in the direction
of the fluid phase flow simulates movement of solids
in the opposite direction, simulating continuous
countercurrent flow of fluid and solid phases without
actual movement of the solid. It is clear that the
problems of solids handling, fines separation and flow
channeling associated with the countercurrent mov-
ing bed are absent, while the advantages of counter-
currency are retained. Furthermore, a smalier reactor
volume is required because the bed expansion which
accurs in 4 moving bed is absent, and since top and
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battom reservoirs for feeding and collecting solids are
not necessary, a smatler solids inventory can be main-
tained.

In this paper, a mathematical modet of the SCMCR
is developed and employed to investigate its per-
formance. Input parameters that are characteristic of
the catalytic hydrogenation of 1,3,5-trimethylben-
zene, and that have been used in previous experi-
mental and theoretical work on the countercurrent
moving bed (Fish and Carr, 1989) are used to provide
a basis for comparison of its performance with the
SCMCR. The SCMCR predictions will be hurther
tested in a forthcoming paper describing an experi-
mental investigation of trimethylbenzene hydrogen-
ation in a laboratory-scale SCMCR. Finally, to em-
phasize the purity and yield enhancement possible
with the SCMCR, comparison is made with the pre-
dicted performance of a fixed bed tubular reactor
operating without chromatographic separation.

Concerning the formulation of the modsl, it should
be noted that the analysis and numerical solution
constitutes by itself an interesting and challenging
problem, because the concentration profiles inside the
reactor may not reach a steady state in the time
interval between successive changes of the inlet posi-
tion. The reactor is always in a transient mode and the
appropriate transient equations have to be solved.
However, a periodic steady state with period equal to
the inlet switching period will be eventually reached.

EQUILIBRIUM STAGE MODEL
The system is schematically represented in Fig. 1.
The fixed bed of length L is divided into two sections.
The portion of the reactor locaied between the feed
point and the product take-off point will be identified
as section I, while the remainder of the column will be
designated as section II. The velocity of the fluid
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Fig. 1. Schematic diagram of simulated COUNICTEUITERE MOV-
ing bed reactor.
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phase in section I is denoted by u;, which is greater
than sy, the interstitial fluid-phase velocity in section
IL, by a factor of I/k, where i is the recycle fraction,
0 < x < 1. It was nacessary 1o include recycle to ob-
tain a converged solution to the mathematical model.
Alhthough it would not be necessary to employ recycle
in experimental work, at some conditions, higher con-
versions are possible with it. The reactor is fitted with
a series of inlets that are separated by a constant
distance AL The complete reactor is assumed to be
formed by M segments of length AL, The number of
sepments for sections | and IT are p and 4, respectively.
The corresponding lengths for both sections are L
and Ly, 50 that

L=L+ iy=pAL + gqAL = MAL. (1)

Sections 1T and II remain the same relative to the
moving feed and product withdrawal points, but must
be redefined with respect to the stationary column
every time a switch is mnade. When the inlet position is
advanced, the old and new segment numbers of sec-
tions I and IT in Fig. 1 are related by eq. (2k

Before switching After switching
(1) (D
(e + 1) ey. e=12....(p—1
(1) {Ph (2)
(f+ Do (. F=12,...,ig—1)

An equilibrium stage model incorporating the reac-
tion scheme given by eq. (3) has been developed,
where adsorption i5 described by a Langmuir iso-
therm:

Eoa kr kam
A(g)'__.Aadu:Bl =B(g)‘ (3}
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Note that eq. (3) is a simplification, since the reaction
occurs on different surface sites (Pt) than the selective
adsorption for separation (Al,O,). The material bal-
ance equations for the fluid and solid phases for the
reaction are then given by eqs (4) and {5)
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where i=A or B, j=Tor I, m=0,1,2,..., 2,

= —land ag=1.

In egs (4) and (5), C and n are, respectively, the
fluid- and solid-phase concentration of component
iformtg < t < (m + 1)tg in section j. The suffix { is for
component A or component B. The suffix j indicates
the section number. The superscript m indicates the
switching period for which the mass balance equa-
tions are being solved. The change in concentration in
the axial direction around the nth stage is discretized
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by eq. (6):

ICH(Wns 1) _ CHlLs ) — ClilLa—1, 1)
arL AL )

The subscript » is incorporated to discretize the mass
balance equation for the mth switching period.

The two key parameters for simulated systems are
the switching period, tg, the time interval between
successive advancements and the switching speed, £,
the hypothetical or pseudo-linear flow rate of the solid
phase. The switching pertod can be assumed to be
constant and may conveniently be used as a charac-
teristic time for the system. The dimensionless time
can be defined as t = t/tg. Therefore, the feed and
take-off ports are advanced when +=1,2.3, _ . _ .

The switching speed, or the rate of switching, can be
defined as the ratio of the length, AL, and the switch-
ing period:

%)

_AL

tx

g (7)
The parameter o ={[(1 — &)/e]]NKU,/U;, which
plays a key role in the CMCR, has a counterpart for
the SCMCR defined by eq. (8), in which the solids
speed Ug is replaced by the pseudo-speed [

1—e

6= 8)

Nli.rnhi.ng adsorbaic quuilihﬁum.l -
Ug
In the countercurrent moving bed, when o < 1 com-
ponent i travels with the gas phase, whereas when
g > 1 jt travels with the solid phase at low concentra-
tion but with the gas phase at high concentration. In
the countercurrent moving bed reactor system it has
been observed that when reactant A travels with the
solid phase (¢, > 1) and product B wavels with the
gas phase {oy < 1), separation between reactant and
product can enhance the conversion of reactant and
the purity of the prodoct. Similar conditions can be
derived for simulated countercurrent moving bed re-
actor systems if we visualize { as the pseudo-velocity
of the solid phase. Separation can be accomplished in
the reactor by adjusting U, and { such that & < 1 for
one component and ¢ > 1 for the other. If the reactant
travels more slowly than the feedpoint, its residence
time and bence the conversion will increase. If, at the
same time, the product travels with the mobile phase,
separation can be achieved and an improved product
purity can be obtained. This can be realized by adjust-
ing U, and {. Thus, an observer located at the fead
point will observe countercurrent separation of com-
ponents A and B.
Dimensionless variables and parameters are de-
fined as follows [eq. (9)]:
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whete i=A or B, j=1or I, m=0,1,2,...,and
n=123 .. .  pforsection L n=1,23,.. _, 4for
section 11, :

The mass balance equations (4) and (5) were dis-
cretized using eq. (6} to give the equilibrium stage
model. The discretized mass balance equation in di-
mensionless form is given by eqs (10) and (11)%

S I ) — e )
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where i=A or B, j=TorIl, m=0,1,2,..., and

Xy — — 1, Ag = 1.

The boundary conditions are specified as follows.
The inlet stream to section I consists of a mixture of
the outlet stream from section IT and the feed stream.
A mass balance around the feed point considering no
accumulation results in eq. (12)

0. 7)) = kylullot) + (L —xdy,y . (12)

where i = A or B, y, , is the dimensionless feed con-
centration of component 1. If the feed contains only
reactant A, then yg = 0,

At the product take-off points, if we assume the
concentration to be continuous, then

yiu(l, 7) = yiia(0, T), (13)

The fluid- and solid-phase concentrations are related
through the Langmuir isotherm by

YiH&n, T)
1+ p3iEn. 2 + ¥R (50 1)

i=AorB

(s 1) = (14
whetei=AorB,j=lorllLm=0,1,2,....

The specification of the initial conditions is very
important for the solution of this problem and it is
necessary to explain in detail the procedure that es-
tablishes it. It should be first noted that the solution
has to be constructed sequentially. If we want to
calculate the concentration profiles of component i in
the time interval between the mth and (m + 1)th ad-
vancements (ie. formgrtsm+ 1. m=0,1,2,...)
then it is requited to solve the mass balance equations
for yi{(&,, ). However, since the switching period is
constant between successive advancements and equal
to 1 (in terms of t), it s sufficient if we solve these
equattons for 0 < © < 1. The initial conditions for the
mth interval can be obtained from the concentration
protfiles of sections I and IT that are present just before
the mth switching. Hence, the imitial conditions are
calculated from eq. (15)-

PG O =3¢ 1), m=1,23,.... (15)

Equations (1)—(15) completely define the simulated
gountercurrent chromatographic reactor and concen-
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tration profiles can be obtained from the solution of
the mass balance equations by a fourth-order
Runge-Kutta method. The computations were done
on a Cyber model 180-8253 computer, and required
between 32 and 85 CPU units, depending upen the
time step and the final time.

MODEL REACTION

Reactions for which the CMCR and SCMCR
would be advantageous should have the following
characteristics: (1) Tt should be a catalytic reaction of
the form A+=B. Reactions of the form A + C=B or
A=B + C can be used if the kinetics are zeroth order
with respect to C, or if C is present in sufficient excess
that it is not separated from A or B and the kinetics
are pseudo-first-order with respect to A or B, re-
spectively. (2) The forward reaction rate constant
should be fairly large. (3) Both the forward and back-
ward reactions should take place on the solid phase
only. (4) There should be an equilibrium limitation
on the yield of B. (5) Side reactions on the sohid or
fluid phase should be avoided as much as possible.
(6) The product and the reactant must have different
chromatographic properties. The relative adsorbabil-
ity should be large enough for a good separation. In
other words, we expect both components A and B to
be chromatographically separable. (7) The solid
phase supporting the catalyst shounld be stable, have
high capacity and a favorable adsorption isotherm.

Good possibilities for a test system are reactions in
which there is a rearrangement of a group of bonds to
produce an isomer of the reactant, or disappearance
of a characteristic group and formation of another.
The disadvantages of many reactions will be the
formation of side products which may affect the purity
of the desired product.

The Pitcatalyzed hydrogenation of mesitylene
{L,3,5-tnmethylbenzene) to  1,3,5-trimethyleyclo-
hexane (TMC) was identified as adequately fulfilling
the above conditions, and was selected as a suitable
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test reaction for the CMCR (Petroulas er al., 1985b).
The reaction is exothermic, with AH = — 1966
kJ mol~ . Over the temperature range for which equi-
librium favors the dehydrogenation step, the reaction
is very clean, giving TMC as the only product. In the
vicinity of 463-473 K reaction rates are suitable and
the reaction is equilibrium limited. In a nonseparative
reactor the equilibrium conversion of mesitylene in
excess H; (25% v/v in the N, carrier) is about 409 at
473 K and 62% at 463 K (Egan and Buss, 1959). This
is the appropriate temperature region for the experi-
mental study since at higher or lower temperatures
the reaction is practically irreversible with equilib-
rium favoring mesitylene or trimethylcyclohexane, re-
spectively. Mesitylene dehydrogenation is an appro-
priate choice for SCMCR investigations not only for
these reasons, but also since it will allow comparisons
with the CMCR (Fish et al., 1989).

Egan and Buss (1959) reported the forward reaction
rate constant for the Pt-catalyzed hydrogenation of
mesitylene, k; = 0.095 !, and the equilibrium con-
stant K, = K /k, = 128, both at 463 K. Also, the ad-
sorption equilibrium rate constant for mesitylene,
K4 =k 4/k44 = 4.84, and the adsorption equilibrium
rate constant ratio for mesitylene and trimethylcyc-
lohexane, K = K /K = 4.0, are available (Petroulas,
1984). The adsorption rate constant for mesitylene,
k.4, and for trimethylcyclohexaneg, kg, were estimated
to sach be approximately 200 crms™ 1.

RESULTS AND DISCUSSION

Concentration profiles were obtained from the
solution of the discretized mass balance equations (10)
and (11). Although the reactor is always in a transient
mode, a periodic steady state with a period equal to
the switching period is eventually reached. The pre-
dicted steady-state axial gas-phase concentration pro-
file of mesitylene is shown in Fig 2 for a reactor
divided into 20 stages with 8 stages in section 1 and
switching periods of 5 s. Tt can be seen that the con-
centration profiles at these equal instants of time,

20 19,39,59, .
I e =1 r
. 15 e g e N 2 - 14.34,54, .
5 Rkt L S R T T I I T
'E — -.\-n-'\-- “‘i-l..-tl"""m“-
2 10 e T=6 [ %2949, ..
@ —H'-:......______ L
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& s -t L 4,24,44
_,----..—--" T=60 L e
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| 020,40, . .
o+ T T T r
(] 10 20 an 4n S

Concentration (in arhitrary units)

Fig. 2. Reactant concentration profile for different values of 1. Feed points at stage 7 {r = 6), stage 13,
(1=12), and stage 1 {r=60. p=R; g=12, 1y =55 { =4, u, = 5cm/fs; x =085 a,=12; 6,=03
conversion = 0.997; purity = 98.5%.
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which are just before the next advancement of the
feedpoint, are virtually the same. Since the profile has
relazed into this wavefoirm during a switching period,
it can be considered to be a periodic steady state. In
these calculations the length ®»f the reactor was
400 cm, 15% of the fluid stream was withdrawn as
product 9 stages ahead (in the direction of tobile-
phase flow) of the feed entry point, and the remainder
was recycled. Make-up feed (15%) is mixed with the
recycle stream at the feed inlet. Functionally, the reac-
tor has no top or bottom and the inlet and outlet
positions can be moved around the reactor bed cou-
tinwously, always with the same distance between the
various streams. All the calculations are at low feed
concentration (y., = 0.1, 7z, = 0.0001), s0 that the
adsorption isotherms are linear. The phase ratio para-
meter for mesitylene, j,, was 1.75, and o, = 1.2 and
g = 0.3.

In all the calculations, the integration step size At
was 0.001 s. When the value of At was increased from
0.001 to 0.005 s keeping all other parameters at their
reference values, the solution of the mass balance
equations for the concentration profiles became nu-
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merically unstable because steep concentration fronts
are formed and move through sections upon switch-
ing. When At was decreased from the reference value
of 0.001 to 00005 s, almost identical concentration
profiles to those in Fig. 2 were obtained, justifying the
choice of Ar = 0.001 5.

In Fig. 2, the yp-axis scale on the left indicates the
stage number, and the corresponding numbers on the
right indicate. values of the characteristic time t for
which stages 1,5, 10, 15, and 20 are the feed plate.
This figure illustrates propagation of mesitylene con-
centration profiles along the reactor giving their posi-
tion. after © = 6 (feed plate 7, product take-off plate
15), =12 (feed plate 13, product take-off plate
1) and t=060 (feed plate 1, product take-off
plate 9). The progression of trimethylcyclohexane
concentration profiles along the reactor by giving
their positiom after 6, 12, and 60 switching periods is
shown in Fig. 3 for operating parameters similar to
Fig. 2. Figure 4 shows the concentration profile of
both MES and TMC along the reactor for © = 60. In
this figure, the feed enters on plate 1 and product is
taken off at plate 9. From this figure we can see that if

19,39,59, .

LTI TR 1l

[ 14,34,54, .

Stage number

F 9.29,49, . .

[ 424,44, ,

010,40, . .

20 3a

T
40 50 60

Concentration (in arbitrary units)

Fig 3. Product concentration profile for different values of t. Product removal at siage 15 {z = 6), stage 21
ft=12), and stage 9 (t1=60). p=8; g=12, iy =95 {=4 u, =5cm/s, k=085 o, = 1.2; 5p =10.3;
conversion = 0.997, purity = 98.5%.
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Fig. 4. Steady-state concentration profile for reactant and product. Feed enters on stage 1, product removal
onstage 9. p =58 g =12, to, =55 L = &4 n, = Scmfs; w = 085 ¢, = 1.2: 5y = 0.3; conversion = 0.397;
putity = 98.5%,
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the product is withdrawn around stage 9 a highly
purified preduct stream can be obtained. Under these
operating conditions the conversion was nearly unity
(0.977) and the product purity was 98.5%. The equi-
librium conversion for the reaction in a nonseparative
reactor at 190°C is 0.62.

Figure 5 shows the effect of increasing the switching
petiod and thereby the effect of decreasing the solid
pseudo-flow rate. In this figure, steady-state concen-
tration profiles of reactant and product were obtained
for the switching period of 10 s, and the solids pseudo-
speed was subsequently decreased from 4 to 2cms ™!
giving o, = 1,167 and og = 0.29. By increasing ts to
10 s, it is not possible to maintain o, > land o, = 1.
To achieve that one has to change either AL or . In
Fig. 5, u, was decreased to 3 from 5, AL left at 20, but
I was increased from 400 to 500, resulting in an
increase in the number of stages from 20 to 25. Tn the
¢alculation, 15% of the fluid stream was withdrawn as
product from the 11th stage from the feed entry point
and the remainder was recycled. Both MES and TMC
are distributed along the entire reactor length. In this
case as the reactant residence time increases, so does
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the conversion. In addition, with low solids flow rate,
the réactant has decreased to a low value at the
product take-off point, giving a better product purity.
The conversion and product purity are 0.9984 and
99.34%, respectivel?. The appearance of more prod-
uct and less reactant im section II is because more
product is formed due te the longer residence
time

Figure ¢ shows the effect of increasing the solids
pscudo-flow rate to 5 cms ™! by increasing the switch-
ing length while keeping the switching period con-
stant at 5s. At these conditions, o, = 1.75 and
op = 0438, In this case, the MES travels relatively
faster than in the earlier cases, more reactant is pres-
ent at the take-off point, and product purity deterior-
ates. The higher solids pseudo-flow rate shortens the
reactant residence time sufficiently that the conver-
sion also decreases, and there is reactant present in
section II The conversion and product purity in this
case are only 0.981 and 98.36%, respectively.

Figure 7 shows the effect of increasing the reactor
length. In this case the length was doubled, with 20
sepments it section [ and 30 sepments in section 1T,

o
“ -
: - .............-...-.. .
1 T
E 15 o
z e —
——p m“ct R
& .
=R 16 1 .,
3 e,
& E — rod
ng ———, _
a h T ¥ T T T . . .
1] 5 0 15 20 25 k1] 35 40 s

Concentration (in arbitrary unmits)

Fig. 5. Steady-state concentration profile for reactant and produci., Feed enters on stage 1, product is
removed on stage 11. p = 10; g = 15 15 = 105, £ = X, u, = 3 em/s; k = 0.85; 5, = L.17; gy = 0.29; conver-
sion = 0.9984; purity = 99.34%.
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Fig. 6. Steady-state concentration profile for reactant and product. Feed enters on stage 1, product is
removed on stage 13. p=8, g =12, {5 =55 § = 5; u, = Scm/s; k¥ = 0.85; 5, = 1.75; g5 = 0.44; conver-
sion = 0.981; purity = 98.36%.
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Fig. 7. Sicady-state concentration profile for reactant and product. Feed enters on stage 1, product is
removed on stage 21, p = 20; g = 30; £s = 10s: { = 2, u, = 3 cm/s; x = 0.85 5, = 1.17; o5 = 0.29; conver-
sion = .9997; punty = 99.22%.

Table 1. % purity and % conversions obtained for various values of o, and &y, switching time (ty), recycle
ratio {1 — k), inlet feed concentration {y.,,). pseudo-solid velocity ({} and length of the reactor (L}

%o

Run no. o4 ag s l—x  Yar ¢ L % purity cohversion
1 1.2 a3 5 0.15 0.1 4 400 9E.50 9970
2 1.167 029 10 0.15 0.1 2 500 o034 99.84
3 L75 0.4375 5 D.15 0.1 5 500 98.36 98.10
F 1.167 0.29 10 15 0.1 2 1000 99.22 53,97
5 1.75 04375 5 0.5 0.1 5 500 9383 91,50
b 1.75 04378 5 2.15 50 5 500 8592 97.90
7 1.2 0.3 5 0.25 0.1 5 500 95.60 99.10
8 20 0.5 5 015 0.1 5 500 96.30 98.40
9 20 05 5 Q.25 0.1 5 500 93.30 93.20

10 1.75 04375 5 Q.15 1.0 5 500 97.82 93.10
W0
15 ]
E =
2 J il ———  Reactant A
5 101 ,/ """ Product B
= ] 7
- ] ,’
g’ I
w 57 k‘I\
1 /7
Q ] T T T
0 100 200 300 400

Concentration {in arbitrary units)

Fig 8. Steady-state concentration profile for reactant and produci. Feed enters on stage 1, product is
removed on stage 7. p=8, g =12t =55, { = 5; w, = Scom/s; x = 0.50; 04 = L.75; a5 = 0.44; conver-
sion = 0.916; purity = 93.83%.

and AL = 20, In the calculation, 15% of the fluid
stream was withdrawn as product from the 21st stage
from the feed entry point and the remainder was
recycled. The switching time was set at 10 s, resulting
in the values of o, = 1.167 and a5 = 0.29. The longer
reactor length increases the MES residence time, re-
sulting in higher conversion. The conversion under

these operating conditions increases to 0.999 and the
product purity is 99.2%.

Figure 8 shows the effect of increasing the feed rate.
In all the previous calculations the concentration pro-
files were obtained for an 85% recycle ratio. In this
case the make-up feed rate was increased from 15 to
50%. In attempting to increase productivity by in-
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Fig. 9. Steady-state concentration profile for reactant and product. Feed enters on stage 1. product is
removed on stage 7. p=8;, q=12; tg =55 (= 5; u, =3 cm/s; k = 0.85 Tar =3 04 = L75 op = 0.44;
conversion = 0.97%; purty = 95.92%.

creasing the feed rate, it is necessary to increase the
solids flow rate even though it will decrease the coa-
version. The switching period was set at 5 5, thercby
giving a pseudo-solid velocity of 5 cms ™', The values
of the relative carrving capacity parameter () are 1.75
and 0.438. The conversion and product purity are
reduced to 0.916 and 93.8%, respectively, showing the
combined effects of feed rate and recycle ratio.

Figure 9 shows the effect of increasing the feed
concentration. In this case, the feed concentration was
increased by 50 times to y,; = 5.0. The high feed
concentration may force the solid-phase concentra-
tion to approach the nonlinear region of the adsorp-
tion isotherm. The effect of this may lead to flooding
the column to the point where, by analogy with the
CMCR, and product purity deteriorates. The conver-
sion and product purity under the high feed condition
are 0.979 and 95.9%, respectively.

Table 1 shows the conversion and product purity
obtained for different sets of the parameters «, and
oy, switching time (t5), inlet feed concentration (y 4),
recycle ratio (I — k), pseudo-solid velocity (), and
length of the reactor (L). The performance figures in
the table compare very favorably with the predicted
performance of the CMCR according to a linear
model, as well as the observed performance of a labor-
atory-scale CMCR (Fish and Carr, 198%), all for the
same reaction/catalyst/adsorbent system. A detailed
comparison is not possible, however, because of some
differences mm input parameters for the calculations.

COMPARISON OF THE SIMULATED MOY¥ING BED WITH
FIXED BEDY OPERATION

Mathematical models of a continuous flow fixed
bed reactor and the simulated countercurvent moving
bed will be considered to compare the product purity
and conversion of an equilibrium-limited reversible
first-order reaction of the type A—B. In both reac-
tors, there are P plates or stages. In the fixed bed
reactor, feed enters at the top of the bed (on plate 1)
and product is collected at the bottom of the reactor

{plate P). The sitnulated bed is fitted with inlets and
outlets at each plate with provision of adding feed or
withdrawing product streams. The feed entry point is
switched successively through each stage in sequence
keeping the product take-off poimt always P plates
ahead of the feed entry plate. The bed has no top or
bottom and feed and product streams are switched in
cycles,

Similar material balance equations can be written
for both the fixed bed and simulated bed systems
following the reaction scheme given by eq. (3}. The
dimensionless form of the material balance equations
for the fluid and solid phases is then given by

Fixaed bed:
d-.
T2 = PVEn- 1 T1) = Nllms 1]
L
= &E(L — v — va)y — ] (16)
de; ),
g = Al = 04 = g)y - 0] + aaai(u,‘ %
17n
Simulated moving bed:
dy, 1
d_:z = B [?i{ém— 1» Tz) - ?i{fﬂ! TZ}
— 4L — vy — va)y — B (18)
d
Hi ‘&j:)‘; =A4l{l — vy —va)y, — ]+ “i‘si(UA - ;’C_B,.
s
where

3

and 1;=—.
ts

3
Ty =——
TN
The initial value equations were solved by the fourth-
order Runge-Kutta method to obtain the outlet con-
centration of reactant amd product. The adsorp-
tion—desorption and reaction rate constanis were as
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Fig. 1. Concentration proﬁll: of reactant and preduct with time for a fixed bed system and for a simulated
moving bed system (total plates = 25; carrier flow rate = 10; switching time = 10). Fixed bed: conver-
sion = 0.575; product purity = 55.46%; simulated moving bed: conversion = (L.896; purity = 92.91%.

in the previous section. Figures 10-13 show the re-
sults of such calculations. These figures also show the
breakthrough time of the reactant and product for the
various parameter values.

Figure 10 shows the concentration profile of re-
actant and product with time at the exit of the column
for both a continucus fixed bed system and
a simulated countercurrent moving bed system. In
this figure, concentration profiles were obtained for
a column containing 25 plates and for a carrier gas
velocity of 10 cm e~ *. For the simulated moving bed
system, a switching time of 105 was assumed. The
figure distinctly shows the advantage of the simulated
moving bed with respect to both conversion and
praduct purity. The conversion is calculated from the
ratic of total moles of product collected 10 the total
moles of feed entering the column in that span of time.
The conversion and preduct purity for the fixed bed
system are 537.5 and 55.46%, respectively, while for the
SCMCR the conversion and product purity are 9.6
and 92.91%, respectively.

Figure 11 shows similar output concentration pro-
files for a carrier gas velocity of Scms™’, all other
conditions remaining unchanged. With slow carrier
flow rate, the breakthrough times of the reactant and
product are longer. Also, in this case the residence
time of the reactant is greater, and therefore the con-

version and product purity are also higher. The con-
version and product purity for the fixed bed system
are 61.7 and 60.53%, respectively, while for the
SCMCR the conversion and product purity are 92.4
and 96.1%, respectively.

Figure 12 shows the effect of decreasing the switch-
ing time and thereby of increasing the pseudo-solid
flow rate. In this figure, the concentration profile with
time at the exit of the bed is shown for the SCMCR for
a 5s switching time keeping all other parameter
values unchanged. The concentration profile shown in
the top half of Fig. 12 is the same as that of the top
half of Fig. 10 as conditions for calculation of fixed
bed are identical. With higher solids flow rate, the
reactant residence time decreases and so does the
conversion. In addition, both the reactant and prod-
uct are distributed along the length of the bed, except
in this case the concentration of reactant present at
the exit is larger, deteriorating the product purity. For
the SCMCR the conversion and product purity are
848 and B5.96%, respectively.

To investigate the effect of the degree of subdivision
of the bed, numerical simulation was done for a reac-
tor containing 10 plates. Figure 13 shows the concen-
tration profiles. Qualitative arpument for this figure is
similar to Fig. 12 as in this case the pseudo-solid
velocity is higher than that of the conditions for
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Fig. 11. Concentration profile of reactant and preduct with time for a fixed bed system and for a simulated
moving bed system (total plates = 25; carrier flow rate = 5; switching time = 10). Fixed bed: conver-
sion = (.617; product purity = 60.53%; simulated moving bed: conversion = 0.924; purity = 96.1%.
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Fig. 12. Concentration profile of reactant and product with time for a fixed bed system and for a simulated
moving bed aystem {total plates = 25; carrier flow rate = 10; switching time = 5). Fixed bed: conver-
sion = 0.575; product purity = 53.46%; simulated moving bed: conversion = 0.848; purity = 85.96%.
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Fig. 13. Concentration profile of reactant and product with time for a fixed bed system and fer a simulated
moving bed system (total plates = 10; carrier flow rate — 10; switching time = 10). Fixed bed: conver-
sion = 0.521; product purity = 53.37%; simulated moving bed: conversion = 0.837; purity = 82.04%.

Fig. 10. Even though the switching time is constant at
10 s, the switching length is longer as fewer number of
plates are required for the same reactor length. Thus,
the conversion and product purity are expected to be
lower than that of Fig. 10. The conversion and prod-
uct purity for the fixed bed system are 52.1 and
53.37%, respectively, while for the simulated moving
bed system conversion and product purity are 33.7
and 82.04%, respectively.

The improved conversion and product purity ob-
tained in the SCMCR can be explained from the
concentration profiles of reactant and product with
time in Figs 1013 for a fixed bed. It can be seen that
in the vicinity of reactant and produect breakthrough,
the product purity is very high. The improved pet-
formance of the SCMCR results from taking advant-
ape of this by switching the feed position around the
breakthrough point of the reactant and product.

The theoretical analysis predicts betier conversion
and product purity with the SCMCR than with the
traditional fixed bed reactor for reversible reactions
that are first order in both directions provided the
reactant and product are separable. For an equilib-
rium limited reaction, the exit concentration for
a fixed bed reactor reaches the equilibrivm value
whereas improved exit product concentration can be
obtained n the SCMCR, and conversion can be in-
creased beyond the thermodynamic equilibrium value

CES 459:4-D

of a nonseparative reactor. The product can be made
highly pure under proper operating conditions, elim-
inating or greatly reducing the need for further pro-
cessing steps to purily the products.

CONCLUSION

A systematic and generalized model for the
simulated countercurrent moving bed reactor systerm,
and analysis of the solution of the mathematical
model has been discussed. A single fixed bed with
a series of feed ports along its length was considered.
The continuous feedstream is switched from one inlet
to the mext in order to achieve relative movement
between the feed and the bed, thes simulating the
fixed feed countercurremt moving bed chromato-
graphic reactor, although in discrete steps. However,
the simulated systern poses a new and challenging
theoretical problem for reactor moedeling, since each
time the feedstream is switched a transient state is
created which relaxes toward steady state, only to be
interrupted by another switch. A simple equilibrinm
stage model with the assumption that concentrations
are uniform in each stage reduces the partial differen-
tial equations to ordinary differential equations that
are pumerically selved by the fourth-order Ronge—
Kutta method. A cherical reaction of the type A—B
with linear kinetics and Langmuir adsorption equilib-
rium isotherm is studied. Various dimensionless vari-
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ables and parameters that contrel the overall per-
formance of the reactor have been identified, and the
conditions that have to be satisfied in order to simu-
late the separation capabilities of the aciual counter-
current moving bed reactor have been established.
The model predicted product purities over 93% and
conversion aear unity for the mesitylene hydrogen-
ation reaction for which equilibrium conversion is
62%.

The characteristics and ceactor behavior of a long
single column fixed bed are compared with those of
a simulated moving bed system. The fixed bed em-
ploys an equilibrium stage model. It is observed that
with long enough reactor length, the extt stream from
the reactor is essentially a1 equilibrium composition,
whereas in the case of a simulated moving bed in
which the feed entry point is continuously switched to
simulate the countercurrent movement high product
purity and conversion higher than equilibrvium vaiue
are obtained.
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NOTATION

A strongly adsorbed species, component A
B less strongly adsorbed species, compon-

ent B
o concentration in the Auid phase, mol/v
CMCR ceuntercurrent moving bed chromato-
graphic reactor
conversion
gas
rate constant
adsorption rate constant of component i
backward surface reaction rate constatt
desorption rate constant of component i
reaction equilibrinm constant, k,/k,
forward surface reaction rate constant
adsorption equilibrium constant, K /K g
adsorption equilibrinm constant of com-
ponent i
L length
M mesitylene
n solid-phase concentration, mol/v
N
P
P

Conv

solid-phase saturation concentration
number of segments in section I
total number of plates

g number of segments in section Il

r reactich rate

s simulated countercurrent moving bed

chromatographic reactor

1 time

ts time interval between successive switch-
ing of feed stream

T™C 1.3 5-trmmethyleyclohexane
g, carrier gas velocity
ug velocity of selid phase

X axial position
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Greek letters

4 stoichiometric coefficients

B ratio of pseudo-solid flow rate to carrier
flow rate

¥y dimensionless fluid-phase concentration,
KC

3 dimensionless forward reaction rate con-

stant

14+ 7a+7vs

interparticle void fraction

pseudo-solid speed, switching speed

fraction recycled

dimensionless

rate constant

phase ratio

dimensionless axial position

relative carrying capacity

dimensionless time, £/tg

dimensionless solid-phase concentration

S AL

adsorption/desorption

A Qe

Suffixes (subscripts/superscript)
initial state
adsorption
component A
backward
component B
desorption
equilibrium

feed, forward

gas

component

inlet

section j

kth iteraiion

mth stage, mth switching period
nth stage

reaction
switching

section 1

section 2

=

a, ads

=3
[1]
w

wrI gy omthg Ry o

-
—
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